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Due to a prolonged operation time and low mass transfer efficiency, the primary challenge in the
aeration process of non-Newtonian fluids is the high energy consumption, which is closely related to the
form and rate of impeller, ventilation, rheological properties and bubble morphology in the reactor. In
this perspective, through optimal computational fluid dynamics models and experiments, the relation-
ship between power consumption, volumetric mass transfer rate (kia) and initial bubble size (dp) was
constructed to establish an efficient operation mode for the aeration process of non-Newtonian fluids. It
was found that reducing the dy could significantly increase the oxygen mass transfer rate, resulting in an
obvious decrease in the ventilation volume and impeller speed. When dp was regulated within 2—5 mm,
an optimal kia could be achieved, and 21% of power consumption could be saved, compared to the case of
bubbles with a diameter of 10 mm.

© 2023 The Chemical Industry and Engineering Society of China, and Chemical Industry Press Co., Ltd. All
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1. Introduction

Gas dispersion in non-Newtonian fluids is encountered in
various industrial fields, including antibiotics, polysaccharide
production, fungal fermentation, cell culture, wastewater treat-
ment, etc. [1-5]. Practically, due to the complicated rheological
properties, aeration of non-Newtonian fluids faces many chal-
lenges. Firstly, since the viscosity of non-Newtonian fluids varies
with the local shear rate, there usually exists a poor mixing area.
In addition, in non-Newtonian fluids, bubbles are prone to coa-
lesce into larger size, thus the gas—liquid interfacial area declines,
and the bubble residence time decreases. Both of these factors
cause low oxygen mass transfer efficiency. To construct an effi-
cient aeration process of non-Newtonian fluids, high power con-
sumption is often required to maintain the required oxygen
transfer rate, accounting for about 50%—60% of the total operating
costs [6,7].
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Therefore, efficient gas—liquid mass transfer is crucial in the
aeration processes, which can be affected by the gas sparger type,
agitator type, impeller speed, ventilation, rheological properties
and the like [8]. As for the effect of sparger type on mixing per-
formance and mass transfer characteristics, Garcia-Ochoa and
Gomez [9] believed that the sparger type did not significantly affect
the mass transfer rate. However, more studies [10] have shown that
the micropore sparger could raise the mass transfer rate in non-
Newtonian fluids, compared to the traditional millimeter-scale
hole sparger. This is mainly due to the fact that the micropore
sparger could reduce the initial bubble size (dy) and thereby
improve the mass transfer rate. Accordingly, reducing the dy ap-
pears to be an effective way to obtain high mass transfer rate in
non-Newtonian fluids. Adding a small amount of surfactants can
reduce the bubble size but introduces new contamination into the
system [11]. In aerated reactors, stirring impellers are usually used
to break up bubbles to obtain small bubbles. Jegatheeswaran et al.
[12] shed light on how anchor impeller type, impeller speed and
solidity ratio affect aeration efficiency in non-Newtonian fluids
with both numerical and experimental works. Arjunwadkar et al.
[13,14] demonstrated that the combination of axial and radial im-
pellers presents a high gas—liquid mass transfer rate. Gabelle et al.
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[15] discussed the effect of tank size on the volumetric mass
transfer rate (kia) and mixing time in aerated stirred reactors with
non-Newtonian fluids, finding that the traditional viscosity-
contribution method failed to predict the change of kia during
the scale-up of reactor.

So far, it is difficult to establish a systematic evaluation on the
relationship between initial bubble size, mass transfer rate and
power consumption for aeration processes in non-Newtonian
aeration mixing systems. Empirical correlations reported in the
literature just focused on the effect of operating conditions on
kra, whereas the whole energy cost including gas compression
power consumption and stirring power consumption is not
concerned. An empirical correlation was built to estimate the
bubble Sauter diameter (ds3), gas holdup and kia in a mechani-
cally stirred tank with xanthan gum solutions [16]. It had a high
prediction accuracy but was not applicable to different dy. Garcia-
Ochoa et al. [17] proposed different correlations considering the
effect of operating conditions and fluid viscosity. Jamshidzadeh
et al. [18] proposed novel dimensional and dimensionless corre-
lations, which concerned the impeller configuration and co-
rotation mode for coaxial mixers. It was found that considering
apparent viscosity and speed ratio could greatly improve the
prediction accuracy. The empirical correlation proposed by Ga-
belle et al. [15] discussed the effects of reactor size and impeller
configurations to explain the huge differences in design. How-
ever, due to a lack of local information and understanding of the
interfacial mass transfer mechanism, the prediction error was
quite large for the case of non-Newtonian fluids. Hence, sys-
tematic works are urgently needed to clarify the characteristics
and their influencing factors for aeration processes in non-
Newtonian fluids.

In the present work, the mechanism of bubble generation,
coalescence and breakup in non-Newtonian fluids was clarified
through systematic experiments and computational fluid dy-
namics (CFD) study. Eight kinds of coalescence and breakup
combination models were incorporated into CFD studies. The
bubble size distribution (BSD) and ki a were evaluated across a
range of concentration, impeller speed, ventilation rate and
speller type. The relative experiments were performed with
aqueous solutions of carboxymethyl cellulose (CMC) in a 5-L
aeration reactor. Besides, the relationship between the ki a and
the process conditions was established. An energy consumption
evaluation model was also established according to the energy
dissipation theory of bubbles. Under the specified volumetric
mass transfer rate requirement, the optimal combination of
impeller speed and bubble diameter can be selected to realize the
high efficiency and low energy consumption for aeration pro-
cesses in non-Newtonian fluids.

2. Experimental
2.1. Materials

CMC (purity > 99.0%) was purchased from Acmec Biochemical
Co., Ltd. (Shanghai, China), and nitrogen (purity > 99.99%) was
provided by Tianze gas Co. Ltd., China.

2.2. Experimental equipment

The experiments were performed in a 5-L bench top—aerated
bioreactor (T&] Bio-engineering Co., Ltd., China) with a diameter
of 0.15 m and a height of 0.3 m. The reactor was equipped with
three Rushton impellers. The experiments were conducted at
25 °C and atmospheric pressure, with the concentration of CMC
solutions ranging from 0.1% to 0.5%. Gas was supplied using three

types of gas sparger, at three flow rates of 0.2, 0.6 and 1 vvm (air
volume/culture volume/min). The experimental equipment is
depicted in Fig. 1.

2.3. Bubble size d, measurement

A high-speed camera (Phantom v2640, Vision Research, USA)
was used to capture bubble images at 1000 frames per second for a
duration of 30 s. The two-dimensional images of the bubbles (over
80 bubbles for each condition) were treated with the Album soft-
ware to obtain the bubble size. Each bubble size is calculated with
Eq. (1):

di: Y Eize,- (1)

where E; and e; are the long and short axes of the bubble, respec-
tively. The Sauter mean diameter of the bubbles ds; is calculated
with Eq. (2) [19]:

2.4. Global volumetric mass transfer coefficient kya

Pure water was introduced into the bioreactor. After calibration
of the dissolved oxygen electrode, the stirring was turned on (the
rotation speed could be adjusted as 200, 300 and 400 r-min~ ). kia
of oxygen was measured with the dynamic gassing-out
method [20], and kja is calculated according to Dunn [21]:

Cstl _e‘kLa‘tkaa-Tpe*t/TP (3)
Cs—C[()i l—kLa'TP

where Cs is the saturated dissolved oxygen concentration. Cig and C;
are the initial and real-time dissolved oxygen concentrations,
respectively. 7, stands for the dissolved oxygen (DO) electrode time
constant. When 7r = 1/kia is much larger than 7}, Eq. (3) can be
simplified as [22]:

G -G

_ a—kia-t
=e 4
Cs— G “)

The kia measurements under each condition were repeated
three times and were averaged to reduce experimental errors.
3. Numerical Methods
3.1. Governing equations

The continuity and momentum equations are as follows:

o(p;i
WD) 1 9 - () =0 (5)
o(p;ou;
4(1)'6; 0 +V - (poguily) = — o Vp+V - {“iﬂeff,i (V"i + (V"i)T)]

+aip;ig +F; (6)

where «, u and F are the volume fraction, velocity and momentum
exchange terms, respectively.
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Fig. 1. Bioreactor experimental setup.

3.2. Population balance model

3.2.1. Bubble coalescence model
The bubble coalescence rate is calculated with Eq. (7):

c(Vi,Vy) = wy'Pe(d;. dj)Mc (7)
The frequency of collision WijT is defined as follows [23]:

1/2
wh = 2 (di+ d))? V2 P (& 1 a2 (8)

The probability that the collision results in coalescence P(d;, d;)
can be calculated by the Luo model [24]:
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Yang's group [25] combined the description of the mesoscale
energy of the gas—liquid system with the population balance model
(PBM) model. In the stable state of the gas—liquid system, the
mesoscale energy tends to be the smallest, and the bubbles be-
tween different diameters are broken and aggregated. Since it is in
dynamic equilibrium, a correction method for the coalescence
model is proposed. The corresponding correction factor relation of
Luo [24] coalescence model is

Table 1
Detailed information of the coalescence model investigated in the work

Coalescence model sequence Coalescence model

C1 Luo
2 M—Luo

Ug <0.101 m-s~!
o=
Uy

0.10164 + 0.53737e 0.04961

U,
{ 0.13491 + 1.13403e 001148

Ug>0.101 m-s~!
(10)

The detailed information of the coalescence models investigated
in the work is listed in Table 1.

3.2.2. Bubble breakup model

The rate of bubble with volume Vj breakage into f, and (1—f,)Vo
IS Amax 1 3
b(Vo.fiVo) = [ P(do.fy!*do, ) w(i do)dlh(min =11.41)

(11)

where 1 and f, are sizes of the eddies and breakup volume fraction,
respectively.

The breakage frequency developed by Luo and Svendsen [26] is
defined as follows:

w12, do) = 0.923(1 — ag)e! (1 + x)%x 11/3dy >3,

12
x:A/dO,Ang (12)

The breakage frequency between bubbles and small eddies
(A<dp), and large eddies (A>dp) is calculated with the model pro-
posed by Han et al. [27,28]:

wy(2,dg) =0.923(1 —ag)e'* (1 + Co +x)°x 113dy >3, 1 < dy

(13)
w3 dy) = 0.43(1 — ag)e!/3 isd
I YTECIE min[l,l/(zﬁx sinz(n/4x))]’ °
(14)

where ( is the dimensionless oscillation ratio.
The breakage frequency considering viscous shear is expressed
as [29,30] follows:
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Table 2
The detailed information of the breakup models investigated in the work

Breakup model sequence Collision frequency

B1 w1
B2 Wy + W3
B3 Wy + g
B4 w5
™ 05 0.822(1 -«
0301, d0) =50+ o %2 o + 2] T2 5 <
(15)

The proposed breakage model concerning the mean turbulent
velocity of eddies, under the influence of bubble-induced turbu-
lence (BIT) and the characteristic wavenumber/length scale that
corresponds to BIT [31], is given as follows:

2 U
0s5(1.do) = Ca(1 — - [ 200 < g (16)
doé v

T, 1 12
C=-CGCG,G=—— 17
123606 = 10 on? (17)
The breakage probability is written as follows:
XC
P(do.fy"do.7) =1 | " exp(—)dx = exp(~).
2 (18)

where . stands for critical dimensionless energy for breakup. e (1)
and eq(A) represent the mean kinetic energy of an eddy and the
critical eddy kinetic energy required for breakup, respectively. The
detailed information of the breakup models is listed in Table 2.

Table 3
Properties of carboxymethyl cellulose solutions used in the study
CMC solution/% Zero-shear viscosity 20 °C/mPa-s K m
(mass)
0.1 16.5 0.010 0.672
03 97 0.031 0.692
0.5 269 0.076 0.622
(a) 11
—m— 225317
—eo— 423350
ok o —A— 653309

—o— Experimental data

———

200 300 400

Impeller speed/r-min”!

3.3. Viscosity model

To simulate different non-Newtonian fluids, a viscosity model is
necessary for the CFD code to capture the viscosity—shear rate
dependence. The viscosity data of CMC solution were calculated as
follows:

_ %
T1rKym (19)

where v, vy, and y represent apparent viscosity, zero-shear viscos-
ity, and shear rate, respectively. K and m are constants. The relevant
parameters of the CMC solutions used in this study are listed in
Table 3 [32].

3.4. Expressions for volumetric mass transfer coefficient kia

To obtain the local kia, ki (liquid side mass transfer coefficient)
and a (specific interfacial area) have to be calculated separately. a is
calculated with following equation:

6ag
== 20
& (20)
ky is calculated using the Penetration model [33], which is appli-
cable to a wider range of operating conditions than is the eddy cell
models.

P \/D—L(i)l/4 (21)

VT vy

where Dy is the oxygen molecular diffusivity, with the value of
2.01 x 107> cm?-s~!; v; represents the liquid dynamic viscosity.

3.5. Simulation details

Steady-state and transient simulations were performed with
open-source CFD software. The information of the discrete
method (class method) in PBM is 15 Bins and 1.5 vol grow rate.
Due to the advantages of computational stability and good
convergence, the standard k—e turbulence model was chosen as
the turbulence model. The multiple reference frame method
was used to model the impeller motion. The sparger and liquid
level were set as velocity inlet and degassing, respectively. A
phase-coupled SIMPLE method was applied for coupling be-
tween pressure, velocity and volume fraction. The first-order
upwind scheme and the QUICK scheme are used for the gas-

phase bin equations and volume fraction equations,
(b) N
—m—225317
0020 —e—423350
—A— 653309
—o—E i tal dat
0.016 F Xperimental dal a°
= 0012}
S
|}
=~ )
0.008 F /
.
u
0.004 |
0.000 ; L

200 300 400

Impeller speed/rmin”!

Fig. 2. Effects of mesh number on simulated (a) d3; and (b) k.a.
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respectively. The second-order upwind scheme is used for other
equations. The time step was set to 0.02 s, and the simulation
results were averaged within 20.0 s after the conservation of
inlet and outlet flow.

During the mesh generation process, local mesh refinement was
used for the rotating domain and the impeller. Three grids, with
225317, 423350, and 653309 grid elements, were used to assess
grid independence (Fig. 2).

According to Fig. 2, the simulated d3, with different grids are
similar, whereas the simulated k a with a grid of 225317 is lower
than those obtained with grids of 423350 and 653309. Since the
dsz and kia obtained with grids of 423350 are nearly identical to
the results obtained with the 653309 grid, the grid of 423350 was
chosen in the following work.

247

4. Results and Discussion
4.1. Effect of operating conditions

4.1.1. Impeller speed

Both experimental investigations and computational simula-
tions were conducted to assess the predictive accuracy of eight
combination models for bubble coalescence and breakup, under
varying impeller speeds. The experimentally measured initial
bubble size, obtained directly from the sparger, was used as the
initial value for PBM model in the CFD simulations. Considering the
importance of bubble size (d},) and volumetric mass transfer coef-
ficient in the design and operation of aeration reactors, a compar-
ison was conducted between the experimental and CFD-PBM
simulation results for dy, and ka.

min!
@ | 200 r-min! (), L 300 rmin
@ Experimental data @ Experimental data
S —— S
50 b ——(C1-B2 ——C2-B2 50 b 1= -~
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Fig. 3. Comparisons between the experimental data and computational fluid dynamics predictions under the conditions of 1 m®> - m—>'min~' and 0.1% (mass), using sparger A: (a)
global bubble size distribution (BSD) at 200 r-min~, (b) global BSD at 300 r-min~, (c) global BSD at 400 r-min "', (d) Sauter mean diameter, (e) volumetric mass transfer coefficient.
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As illustrated in Fig. 3(a)—(d), the B3 bubble breakup model
demonstrates a superior accuracy in predicting the BSD. Moreover,
with the escalation of impeller speed, the BSD becomes narrower
and shifts toward smaller diameters, consistent with the experi-
mental observations. Conversely, the B1, B2, and B4 models tend to
underestimate the frequency of bubble breakup, resulting in an
overestimation of the bubble size in the predictions. The trends in
the predicted kia values from the combined models exhibit con-
sistency with the experimental results, albeit with slightly lower
predicted values. Notably, introducing large-scale eddies BIT does
not improve the prediction of bubble breakup frequency. However,
the model B3, accounting for the bubble breakup frequency caused
by viscous shear, significantly enhances the accuracy of predictions
due to the high shear rate in the aerated bioreactor and the
sensitivity of non-Newtonian fluids to turbulent shear. Moreover,
the correction factor for coalescence model based on energy
minimization multi-scale (EMMS) theory has little effect on simu-
lation results. This is because the volume of the lab-scale bioreactor
is quite small, thus the superficial gas velocity is low and a
correction factor close to 1 (specifically, 0.9422). It is worth noting
that in industrial bioreactors, where superficial gas velocity is
typically high, the EMMS correction factor must be duly considered
for accurate predictions in the aeration process.

Measuring local viscosity using experimental methods is chal-
lenging. CFD simulations can vividly illustrate the distribution of
viscosity, a crucial factor for bioreactor design and optimization.
Fig. 4 displays the simulated local viscosity distribution by the
C2—B3 model under varying impeller speeds as this model exhibits
enhanced predictive accuracy. It is evident that the overall viscosity
decreases with rising impeller speed, and the viscosity distribution
is non-uniform. The viscosity near the impeller is lower due to
stronger shear force. Furthermore, it has been observed that the
combination of different bubble coalescence and breakup models
exerts minimal influence on viscosity simulation. This is attributed
to the fact that viscosity is primarily influenced by shear forces,
whereas the impact of bubble size is marginal.

4.1.2. Ventilation volume

The C2—B3 combined model still exhibits the highest predictive
accuracy under different ventilation volumes. The deviation be-
tween the simulation and experimental results is smaller at a low
ventilation volume. Fig. 5(a)—(c) shows that the experimental and
simulated BSDs are both bimodally distributed at a low ventilation
volume. It is noteworthy that the distance between the two peaks
in the BSD simulated with the B3 breakup model is adjacent, which
is more consistent with the experimental results. In contrast, the
other breakup models show a larger distance between the two

(b)

(a)

1.80x1072
1.62x10°2
1.44x1072
1.26x10°2
1.08x1072
0.09%1072
0.72x1072
0.54%1072
0.36x1072
0.18x1072

1.80x107
1.62x1072
1.44x1072
1.26x1072
1.08x1072
0.09%1072
0.72x1072
0.54%10°2
0.36x107
0.18x1072

kgmhs? kgmhst

peaks in the BSD. Fig. 5(d) shows that the C2—B3 combined model
exhibits the smallest deviation from experimental values in pre-
dicting kia, but as the ventilation volume increases, the deviation
between the predicted ki a by the C2—B3 model and the experi-
mental values gradually increases. This indicates that further vali-
dation is needed when using this model under conditions
exceeding 1 m>-m—>-min .

4.2. Effect of rheological properties and gas sparger types

4.2.1. CMC concentration

The predicted d3, and kia trends of all combined models agree
with the experimental results. The error between simulation and
experimental results is smaller at a higher viscosity. Obviously, the
C2—B3 model had the highest performance, similar to that of the
operating conditions. Moreover, the C2—B3 model also predicted
the BSD well at different CMC concentrations (Fig. 6(a)—(c)). The
simulation results show that the BSD had a bimodal distribution,
which was not experimentally observed. This indicates that there is
an error in predicting small bubble sizes by the bubble coalescence
and breakup model. The higher CMC concentration caused the
distribution curve to move toward the larger bubbles, while the
BSD became narrower.

The simulated local viscosity distribution using the C2—B3
model at different CMC concentrations is depicted in Fig. 7. CMC
solutions with higher concentrations exhibit elevated viscosities
at the same impeller speed. A region of elevated viscosity is
observed between the two impellers. The non-uniformity of
viscosity distribution becomes more pronounced with higher
concentration CMC solutions, impeding the fermentation pro-
cess. Based on the simulation results, an optimization strategy
can be formulated to enhance shear uniformity by altering the
impeller type.

4.2.2. Gas sparger type

As mentioned earlier, kia can be significantly improved by
increasing impeller speed and ventilation volume. However, high
impeller speed and ventilation volume requires more energy con-
sumption. Therefore, it is necessary to find ways to increase kia
more efficiently. Previous studies have proved that reducing the
bubble size can distinctly increase kia. Small bubbles can be
generated with micron-scale sparger. As shown in Fig. 8, Sparger A
has traditional millimeter-scale pores, and sparger B and sparger C
are the metal—titanium sparger, whose pore sizes are 5 and 0.2 pm,
respectively.

According to Fig. 9, the initial bubble sizes generated by
three spargers are 14.0, 41 and 3.1 mm, respectively. The

()

1.80x10°2
1.62x1072
1.44x1072
1.26x10°2
1.08x1072
0.09%1072
0.72x1072
0.54%1072
0.36x1072
0.18%10°2

0.00
kgmts!

Fig. 4. Contour maps of liquid viscosity on a vertical plane at different impeller speeds: (a) 200 r-min~", (b) 300 r-min~, (c) 400 r-min—".
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prediction with the model C2—B3 is close to the experimental
data. d3, drops with a decrease in dg. Noticeably, when dj is
large, ds; is less than dp, indicating the breakup of big bubbles;
when dg is low, ds; is greater than dop, indicating the coales-
cence of small bubbles. Moreover, the smaller pore size of
sparger leads to smaller dy(dsz) and thus lower kia. It should
be noted that as kia increases by 60.9%, unit volume power (P/
V) rise just by 5.6%. The BSD shows that sparger B and sparger
C metal can not only generate smaller bubbles but also narrow
the BSD.

4.3. Power consumption optimization model

Based on the previous simulation and experimental results,
we have demonstrated that the C2—B3 combined model has

249

the best performance in predicting d3; and kia under different
operating conditions. In order to construct a power con-
sumption optimization model, we first established an empir-
ical relationship for kia under a wide operating range as
follows:

PV 1.05 1/3\ 0.895

Q/v
p(vg4)1/3

v(@)
) (5)1/3 ~0.252
0\ 2
%

with SD =14.19%
This empirical relationship not only takes into account the in-
fluences of traditional parameters such as unit volume power,
ventilation volume, and rheological characteristics but also

s\ 1/3
kLa (g_z) —0.0278
(22)
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Fig. 8. Sparger types.

considers the important factor of initial bubble size as demon-
strated in previous studies. Therefore, the results show that this
empirical relationship has a high level of accuracy with a standard
deviation of 14.19% (See Fig. 10).
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In addition, an optimization model and power analysis were
developed for the aeration process in non-Newtonian fluids, with a
focus on the energy consumed by sparger aeration and agitation.
Specifically, the energy loss due to pressure drop can be expressed
as the integral of ApdQ, where Ap represents the pressure drop and
Q denotes the gas volume flow rate. The power consumption of the
sparger is comprised of the aeration power (E,) and micropore wall
resistance power (Ey):

JAde:Ea 4 Ew (23)

The aeration power is utilized to disperse air bubbles into the
liquid, and its magnitude is dependent on the energy dissipation
rate in the liquid. Our previous study [34,35] has suggested that the
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energy dissipation rate (&) can be assumed to be proportional to
the bubble size:

Ea=eepV (24)

d 114(Y
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2
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The power consumption caused by micropore wall resistance
can be calculated according to typical Darcy's law [36] and
nonlinear Forchheimer equation [37] as follows:

Ew— ( _ %uD _ Fpu2D>LQ (26)

The final expression of the pressure drop can be written as
follows:
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Fig. 12. The corresponding P/V and d, values at kja of 0.015 s~ .

The model shows the mechanism of pressure drop from the
perspective of macroscopic flow and microscopic bubbles. The
pressure at the input of the sparger has to surmount hydrostatic
load, pressure loss and surface tension of liquid. The power
required for air compression is [38,39] given as per the following
equations:

Y Pout (1=1/7)
Pcompressor = 0.0223pin Qe —— ( ) -1 (28)
Y- 1 Pin
40
Dout =DPin + pgh + Ap + d_o (29)

Fig. 11 illustrates the calculated kia and power consumption
based on the power consumption optimization model for different
P|V and dy. It is observed that the kia significantly rises with a
reduction of initial bubble size and an increase in power per unit
volume. However, when the bubble size is reduced to a certain
point, the power consumption required for bubble generation in-
creases. In this study, power consumption optimization was con-
ducted by minimizing the sum of bubble generation power and
agitation power. Using kia of 0.015 s~! as a reference, the corre-
sponding P/V and dy values were marked with a red line in
Fig. 11(a), and the corresponding power consumption was calcu-
lated and marked with a red line in Fig. 11(b).

For better illustration, the two red lines from Fig. 11 are visually
displayed in Fig. 12. It is observed that as dg increases from 0.1 to

Power/W

400 300 e 10

(P/V)W-m—3

Fig. 11. The effects of do and P/V on (a) kia and (b) power.
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20 mm, the matched P/V rises from 199 to 484 W-m~>. It is noted
that an optimal kia can be achieved with moderate power con-
sumption when dg is regulated within 2—5 mm, resulting in a 21%
reduction in power consumption compared to bubbles with a
diameter of 10 mm.

5. Conclusions

In this study, the power consumption of an aeration process in
non-Newtonian fluids was calculated in terms of gas compression
and agitation. Furthermore, by means of an optimal CFD model and
experimental analyses, the relationship between power consump-
tion, ki a and dy was constructed to develop an efficient operational
approach for the aeration process of non-Newtonian fluids. The
conclusions are as follows.

(1) The C2—B3 model, which considers the EMMS bubble coa-
lesce correction factor and the breakage frequency caused by
viscous shear, demonstrates the highest accuracy in
predicting kia and BSD in the aeration process of non-
Newtonian fluids, with the least deviation from the experi-
mental data.

(2) The kra and power consumption are closely related to the
form and rate of impeller, ventilation, rheological properties
and bubble morphology in the reactor. The empirical rela-
tionship between these factors proposed in the paper ex-
hibits high accuracy, with a standard deviation of 14.19%.

(3) Reducing the dy can significantly enhance the oxygen mass
transfer rate, leading to a noticeable reduction in ventilation
volume and impeller speed. An optimal k;a can be achieved
with moderate power consumption when dg is regulated
within 2—5 mm, resulting in a 21% reduction in power con-
sumption compared to bubbles with a diameter of 10 mm.
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Nomenclature

a gas—liquid interfacial area, m?> - m—>
C oxygen concentration, mol-m~3

Dy oxygen molecular diffusivity, m?-s!
d bubble diameter, m

E, aeration power, W

Ew micropore wall resistance power, W
e(A) mean eddy kinetic energy

ec(A) critical eddy kinetic energy

F momentum exchange term

fr breakup volume fraction

g gravity, m-s—2

ke liquid-side mass transfer coefficient, m-s~!
P power, W

p pressure, Pa

Q gas volumetric flow rate, m

U,

o gas superficial velocity, m-s™
1

3 1

.S
1
u velocity, m-s~
Vv liquid volume, m
We, Weber numbers
frequency of collision

critical dimensionless energy for breakup
gas holdup

shear strain rate, s~

turbulent energy dissipation rate, m?/s>
size of the eddies, m

dynamic viscosity, Pa-s

density, kg-m~—>

surface tension, N-m~!

3

QD™ Y >0 2x S
n
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